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Abstract

The Global Methane Pledge declared at the 2021 United Nations climate change conference (COP26) marked the world’s

commitment to eradicate methane emissions. Most of these emissions are generated by the oil-gas industry, waste landfills,

and agriculture sectors, and are lean in composition. This work explores the use of an intensified reactor that implements

the chemical looping principle to handle lean methane emissions. A model-based framework is used to showcase the baseline

performance of the proposed reactor in converting methane emissions using nickel-based oxygen carriers. Then, sensitivity

analysis of the reactor performance with respect to operating conditions is performed. The reactor is subsequently optimized

to minimize the methane emitted, using a dynamic program with safety and operability constraints for the alternating redox

process. With the optimal cycle strategy, we demonstrate that near-complete methane conversion can be achieved by the reactor

without external heating.
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The Global Methane Pledge declared at the 2021 United
Nations climate change conference (COP26) marked the
world’s commitment to eradicate methane emissions. Most
of these emissions are generated by the oil-gas industry,
waste landfills, and agriculture sectors, and are lean in com-
position. This work explores the use of an intensified reac-
tor that implements the chemical looping principle to han-
dle lean methane emissions. A model-based framework is
used to showcase the baseline performance of the proposed
reactor in convertingmethane emissions using nickel-based
oxygen carriers. Then, sensitivity analysis of the reactor
performance with respect to operating conditions is per-

Abbreviations: CL, chemical-looping; NMVOC, non-methane volatile organic compound; OC, oxygen-carrier; OX, oxidation; RED, reduction.
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2 IRHAMNA and BOLLAS

formed. The reactor is subsequently optimized to minimize
the methane emitted, using a dynamic program with safety
and operability constraints for the alternating redox pro-
cess. With the optimal cycle strategy, we demonstrate that
near-complete methane conversion can be achieved by the
reactor without external heating.
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1 | INTRODUCTION22

An unfortunate common practice in drilling is to reduce the production of greenhouse gas (GHG) emissions by flaring,23

which burns methane or other unwanted flammable gases that have higher GHG potential than carbon dioxide1. In24

ideal conditions, the performance of a flaring system is excellent and capable of providing over 98 % efficiency2.25

In field operation, however, the performance of a flaring system is often inefficient due to plant disturbances, fuel26

stream composition variability, and ambient conditions changes3. The Environmental Defense Fund (EDF) survey27

on several flaring sites in the Permian Basin discovered that 11% of flares were unlit and malfunctioning.4. Such28

condition decreases the overall flare efficiency in the Permian Basin to 93%5, and yields methane emissions at rate29

of 100 - 200 metric ton/hour4. Moreover, the increase in methane emissions is driven by the recent growth of shale30

gas and biogas production. It is reported that the GHG footprint per Mega Joule of shale gas is about twice that of31

conventional natural gas, owing to methane emission in the upstream activity of shale gas exploration6. A study in the32

Barnett Shale Region, one of the major shale gas producers in the US, reported that the field released about 544,00033

tons of methane a year, which is equal to 46 million tons of CO27. Scheutz and Fredenslund8 reported that from34
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23 biogas plants measurements, a single biogas plant has an overall methane emission rate of 7700 ton CH4/year,35

equivalent to CO2 emission by 1,600 automobiles9. Human activities such as livestock production, agriculture, and36

landfills also contribute emissions of methane, most of which are produced at lean compositions9. This methane37

emissions issue has gained people’s awareness lately, and many stakeholders have initiated campaigns on reducing38

flaring activity for the coming years10;11. In the recent 2021 United Nations climate change conference (COP26) in39

Glasgow, eradicating methane emissions has been declared as a new commitment by the council in the form of the40

Global Methane Pledge, in which more than 100 countries signed up to reduce methane emissions by at least 30 %41

by 203012.42

Chemical-looping (CL) has shown promise in heat generation and reforming applications during the last two43

decades13;14;15;16;17;18;19;20;21;22;23;24;25;26. Due to the separation between air and fuel at the inlet, CL yields down-44

stream gas with high CO2 concentration such that the stream could be directly guided to CO2 storage with a less45

complicated separation unit, and a separate stream of spent air that could be safely released to the atmosphere. The46

CL process builds upon the ability of an oxygen carrier (OC) to perform redox reactions in separate reactors or reaction47

stages16. Over numerous materials that have been studied as an oxygen carrier, Cu, Mn, Co, Ni, and Fe are the most48

feasible metals used for the CL process to date27. Several terms have been used to classify the CL process based on its49

particular objective, such as CL combustion19;28;29;30, CL gasification31, CL reforming25;32;33, CL air separation34;35,50

or based on how the oxygen is transferred such as chemical looping with oxygen uncoupling (CLOU)23. CL has been51

simulated, modeled, experimented with mainly two different types of reactors, fluidized bed reactors21;36 and packed52

(fixed) bed reactors15;25;36;37. To date, CL combustion is the most mature and studied CL technology, and stands at53

the stage of pilot plant operation and demonstration21;22. CL has also been diversified for various applications, such54

as the current effort of employing CL for the production of alternative fuels (hydrogen, syngas, and ammonia38;25),55

chemical products (methanol, ethylene, propylene, formaldehyde, styrene, etc.), or for utilizing biomass material as56

feed26. The exploration of OC materials that have long lifetime, excellent reactivity, and lower cost, is still an area of57

interest in CL research27.58

This study proposes an intensified process to handle a lean methane emission by adopting the CL principle. A59

single fixed bed reactor packed with a metal oxygen carrier is designed to perform alternating oxygen carrier redox60
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reactions with diluted methane from the incoming stream. A fixed bed reactor design is selected due to its simplicity,61

ability to operate under pressurized conditions and ease in the gas-solid separation. The design of the fixed-bed CL62

system is based on prior work17;18;39;40, which was focused on combustion systems for power generation14;15. The63

proposed reactor is described in Figure 1 and uses the exhaust gas from a flare as a case study. In terms of oxygen64

carrier reactions, there are two main processes occurring in the reactor, the reduction stage of the oxygen carrier and65

the oxidation stage of the oxygen carrier. Inside the reactor, the dilutedmethane stream is oxidized into CO2 and steam66

via gas-solid reactions with the oxygen carrier during the reduction stage. As air is introduced into the reactor, the67

process is immediately switched to the oxidation stage, where both the methane and the oxygen carrier are oxidized68

by the incoming air. Normally, in the traditional CL process, the incoming fuel stream (methane) is separated from69

the air and only feeds the reduction stage to facilitate the carbon capture technology in the downstream process. In70

this approach, however, the presence of fuel (methane) stream during the oxidation stage is important to intensify71

the reactor (providing the heat) and to accommodate the fluctuating and unpredictable flow of the methane released72

during flaring. Furthermore, the heart of this process lies in the ability of the metal-oxygen carrier to act as a reacting73

agent, a catalyst, and thermal storage during the overall redox process. Since the overall process is cyclic in a single74

reactor, the state of the prior stage affects the performance of the following stage. For this reason, management of75

the heat and cycling of the reactor is essential to achieve autothermal operation.76

This work aims to demonstrate a model-based approach to optimally design and control a batch process as an77

innovativemethod for treating leanmethane emissions. In the beginning, we communicate themodel of the CL reactor78

specifically designed to handle lean methane feed and use the composition of a lean methane emission from flaring79

as a case study. The reactor is then explored for its baseline performance and characteristics of converting methane80

to carbon dioxide. A sensitivity analysis of the reactor performance is conducted to study reactor performance as a81

function of reactor variables and to identify the most significant variables for reactor design. Afterwards, a dynamic82

optimization problem is formulated tomanipulate selected decision variables of the reactor, subject to constraints, and83

maximize methane conversion. An optimum cycle strategy for the reactor is presented and its performance metrics84

are compared with the baseline design. We end the study by highlighting key performance benefits, discussing major85

obstacles, and recommending further improvement options of the proposed reactor design.86



IRHAMNA and BOLLAS 5

F IGURE 1 Process flow diagram of the conceptual intensified reactor for methane emission treatment.

2 | SYSTEM DESCRIPTION87

2.1 | Process Description88

The proposed reactor is a fixed bed of ametal oxygen carrier designed to perform reduction and oxidation alternatively.89

The terms of reduction and oxidation here are based on the redox process experienced by the oxygen carrier in the90

reactor. The stage of each process is regulated by control valves which govern the incoming air feed as shown in91

Figure 1. A detailed explanation of the oxygen carrier reduction and oxidation stages is provided in the following92

paragraphs:93

• Reduction stage (Figure 1 index: 2 - i - e - 3 - 5).94

In this stage, the feed inlet valve (# 2) is open and the air inlet valve (# 1) is closed, allowing the flared gas to flow95

through the reactor. Inside the reactor, the gas-solid reactions between the flared gas and oxygen carrier reduce96

the oxygen carrier, yielding an exit gas which mainly consists of CO2 and steam. Depending on OC, the overall97

reaction of this stage is usually endothermic. The main heat source is provided by the hot reactor bed which98

preserves the heat generated during the prior oxidation stage. The exit gas is then used to preheat the incoming99
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TABLE 1 Emission factors (EF) of flaring emission released in E&P Forum41;42.
Species Emission Factor (g/kg of gas flared)
CH4 35
CO 8.7
CO2 2610
NOx 1.5
NMVOC 15
SO2 0.013

air before it is directed for further processing of steam separation and CO2 capture. The reduction stage stops100

when the methane conversion reaches a predetermined lower bound.101

• Oxidation stage (Figure 1 index: 1/2 - i - e - 3 - 4).102

In this stage, both inlet valves are open allowing the flared gas and the feed air to flow through the reactor. The103

presence of air inside the reactor oxidizes the diluted methane in the exhaust stream and regenerates the reduced104

oxygen carrier. Both of these processes are exothermic, thus the reactor temperature increases during this stage.105

To accomplish the overall autothermal process, the heat generated during this process is stored in the reactor106

bed, specifically the metal oxygen carrier, which provides the heat needed for the subsequent reduction stage.107

Despite their relative insignificance, catalytic gas phase reactions may still occur during this stage. Similar to the108

reduction stage, before being released to the atmosphere, the exit gas passes through a heat exchanger to preheat109

the air feed. The product stream from this step, mainly consists of nitrogen and oxygen, and is released into the110

atmosphere. The oxidation stage stops when there is sufficient heat and oxygen carrier in its oxidized form to111

satisfy the requirements of the reduction stage.112

The flared gas composition used as input to the model is presented in Table 1, and it is taken from a report113

released by the E&P Forum41, also cited in42. For simplification of the kinetics, the NOx, SO2, and Non-methane114

volatile organic compounds (NMVOC) in the flared gas stream were neglected in this work. The typical flared gas115

temperature, volumetric flow rate, and flare tip diameter of the flare stack are presented in Table 2.116

A fixed bed reactor for this work is developed based on the reactor designed by Han and Bollas in40 which117
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TABLE 2 Typical conditions of the flared gas43.
Flared gas parameter Value

Flare temperature 650 °C
Flare tip diameter 36 inch
Volumetric flowrate range 40 m3/s

was later updated in17 and used for power generation14;15. The reactor model was in excellent agreement with118

literature and in-house experimental data, for a variety of Ni-based OCs, operating conditions and reaction temper-119

atures39;44;45;46;47;48. The main difference between the process presented here and prior work is the coexistence120

of fuel and air in the oxidation stage. This imposes gas-solid reactions, catalytic gas reactions, and methane catalytic121

combustion to take place during the oxidation stage, and therefore, augments the reactions network. A detailed de-122

scription of the governing equations and kinetic parameters is provided in Subsections 2.2.1 and 2.2.2, respectively.123

2.2 | Reactor Model124

2.2.1 | Governing Equations125

A heterogeneous dynamic model is used to represent the interactions between gas and the solid particles in the126

CL reactor. The reactor is modeled as adiabatic and one-dimensional; thus, radial temperature and concentration127

gradients are neglected. The dynamic mass and energy balances for the fluid phase are shown in the Eqs. (1) and (2),128

respectively:129

ϵb
∂Ci

∂t
+ ∂Fi

∂V
=

ϵb
∂

∂z

(
Dax,i ∂Ci

∂z

)
+ kc,i av

(
Cc,i

��
r=rc

− Ci

)
,

(1)
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(ϵbCp,f CT +(1 − ϵb )ρcCp,c )
∂T

∂t
+ Cp,f FT

∂T

∂V
=

ϵb
∂

∂z

(
λax ∂T

∂z

)
+ hf av

(
Tc

��
r=rc

− T
)
,

(2)

where t is the process time, z is the axial dimension of the reactor, ϵb is the bed porosity, Ci is the concentration of gas130

species i in the fluid phase, CT is the total concentration of the bulk fluid, Fi is the molar flow rate of gas species i ,V is131

the volume of the observed fluid, Dax is the axial dispersion coefficient of species i , kc,i is the mass transfer coefficient132

between the bulk fluid and that on the surface of oxygen carrier particles, av is the external particle surface area per133

unit volume, Cc,i is the concentration of gas species i in the solid phase, Cp,f is the heat capacity of the bulk gas134

mixture, T is the bulk fluid temperature, FT is the total molar gas flow, λax is the axial heat dispersion coefficient, hf135

is the heat transfer coefficient between the bulk fluid and oxygen carrier particles, Tc is the solid phase temperature,136

and rc is the radius of the solid particle. The mass and energy balance of the fluid phase apply Danckwertz boundary137

conditions as shown in the Eqs. (3) - (5),138

ϵbDax,i ∂Ci

∂z

����
z=0

= [u (Ci − Ci ,in ) ]
���
z=0
, (3)

ϵbλax ∂T
∂z

����
z=0

= [uCT Cp,f (T − Tin ) ]
���
z=0
, (4)

∂Ci

∂z

����
z=L

=
∂T

∂z

����
z=L

= 0, (5)

where u is the velocity of the bulk fluid, Ci ,in is the inlet concentration of gas species i , andTin is the inlet temperature139

of the bulk fluid.140

Given the low CH4 concentration and relatively low temperature, the reactor inlet during oxidation is modelled141
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as an unreacted mixture of fuel (flared gas) and the added air. The inlet temperature of the mixture of inlet flared gas142

and air is calculated by Eq. (6).143

Tm,0 =
FflareCp,flareTflare + FairCp,airTair

FflareCp,flare + FairCp,air , (6)

where Tm,0 is the mixture inlet temperature, Fflare, the molar flowrate, Cp,flare, the heat capacity, and Tflare, are the144

temperature of the inlet flared gas, respectively, and Fair, the molar flowrate, Cp,air, the heat capacity, andTair, are the145

temperature of the inlet air, respectively.146

For the solid phase in the reactor, the dusty-gas model describes the mass transfer of the concentrated gas-solid147

flow within the OC particle. Assuming OC particles of spherical shape, the dynamic mass balance of the gas phase148

inside a particle is:149

ϵc
∂Cc,i

∂t
+ 1

r 2
∂

∂r
(r 2Ji ) = ρc,s

∑
R i , (7)

where r is the radial element of the particle, Cc,i is the concentration of gas species i inside the particle, Ji is the flux150

of gas species i , R i is the intrinsic rates of reactions species i involved in the reactor, ρc,s is the density of solid part151

of oxygen carrier. The flux of gas species, Ji , through a solid particle is:152

−
∂Cc,i

∂r
=

N∑
i=1,j,i

1

D e
i j

(yj Ji − yi Jj ) +
Ji
D e
iK

, (8)
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where D e
i j
is the effective binary molecular diffusivity of gas species i in the gas species j , D e

iK
is the effective Knudsen153

diffusivity, yi is mole fraction of the species i , andN is the total number of gas species in the particle. Both the effective154

binary molecular and the Knudsen diffusivity coefficients are functions of the void space in the particle, ϵc , and the155

tortuosity, τ , as shown in the Eqs. (9) and (10):156

D e
i j =

ϵc
τ
Di j , (9)

D e
iK =

ϵc
τ
Di K . (10)

The small pores in the particle lead to an assumption of negligible convective forces and pressure gradients inside the157

particle17. The boundary conditions for the dusty gas and particle model are:158

Ji
��
r=0 = 0, (11)

Ji
��
r=rc

= kc,i

(
Cc,i

��
r=rc

− Ci

)
. (12)

Temperature gradients inside a particle are due to conductive heat and the heat generation or consumption due159

to reactions. The energy balance of the particle is expressed by Fourier’s law:160

( (1−ϵc )ρcCp,c + ϵcCp,f cCT ,c )
∂Tc
∂t

=

1

r 2
∂

∂r

(
r 2λc

∂Tc
∂r

)
+ ρc,s

Nn∑
n=1

(−∆Hn ) (Rn ),
(13)
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where Cp,c is the heat capacity of the solid, Cp,f c is the heat capacity of the bulk gas mixture in the particle, CT ,c is161

the total concentration of bulk gas mixture in the particle, λc is the thermal conductivity of solid phase, and ∆Hn is162

the heat of reaction n . The energy balance of the particle is constrained by the following boundary conditions:163

∂Tc
∂r

����
r=0

= 0, (14)
−λs

∂Tc
∂r

����
r=rc

= hf (Tc
��
r=rc

− T ) . (15)

The momentum balance in the reactor is assumed as pseudo-steady state and dominated by friction forces. Pres-164

sure drop across the reactor is calculated using the Ergun equation:165

dP

dz
= −

(
1 − ϵb

ϵ3
b

) (
ρu20
dc

) (
150

Rec
+ 1.75

)
, (16)

where P is the total pressure in the bed, u0 is the superficial gas velocity at the inlet, dc is the diameter of the oxygen166

carrier particle, and Rec is the particle Reynolds number:167

Rec =
ρu0dc

(1 − ϵb ) µ
, (17)

where µ is the dynamic viscosity of the bulk gas. The boundary conditions for the momentum balance are:168
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P
��
z=0 = P0, (18)

P
��
z=L = Pout . (19)

More details on themodel including the correlations for process parameters (i.e., heat capacities, diffusion coefficients,169

solid properties) can be found in Han et al.40;49.170

2.2.2 | Kinetic Model171

The model adopts the kinetic model of nickel-based oxygen carrier that has been extensively studied and validated172

in39;44;45;46;47;48. The kinetic model was initially studied by Zhou et al.44;39, who recommended a set of gas-solid173

reaction kinetics for Cu and Ni oxygen carriers. Han et al.40;49 then investigated the interparticle and intraparticle174

diffusion effects of oxygen carriers of variable size. Structural identifiability analysis and optimal experimental design175

derived theminimal, most information-rich kinetic model in47;48. The kinetic model48 was extended for high pressure176

processes50, up to 10 atm46. The reactions and kinetic rates for Ni oxygen carrier reduction are provided in Tables177

3 and 4, respectively. These gas-solid and catalytic reactions between the feed and the Ni oxygen carrier (Reactions178

1 - 9 in the Table 3 and 4) are retained in the oxidation stage to facilitate the presence of the flared gas. In addition,179

the reaction and rate of methane combustion from51 are introduced in the oxidation stage to account for the overall180

combustion reaction of methane with air. The complete list of kinetic rates for the oxidation stage are presented in181

the Tables 3 and 4, respectively. The pre-exponential factor, activation energy, equilibrium constants, and adsorption182

coefficients are provided in Tables 5 and 6.183
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TABLE 3 List of reactions feasible in the reduction and oxidation stages of the chemical-looping system
Index Reactions

(R1) H2 + NiO Ni + H2O
(R2) CO + NiO Ni + CO2
(R3) CH4 + NiO Ni + 2H2 + CO
(R4) CH4 + H2O 3H2 + CO
(R5) CO + H2O H2 + CO2
(R6) CH4 + CO2 2CO + 2H2
(R7) CH4 2H2 + C
(R8) C + H2O CO + H2
(R9) C + CO2 2CO
(R10) O2 + 2Ni 2NiO
(R11) O2 + C CO2
(R12) O2 + 2C 2CO
(R13) O2 + 2CO 2CO2
(R14) CH4 + 2O2 CO2 + H2O



14 IRHAMNA and BOLLAS

TABLE 4 Kinetic parameters for reaction in Table 3
Index Rate of reaction expression
(R1) R1 = a0k1/P 1.39n (1 − XNiO ) (−ln(1 − XNiO ) )1−1/nCH2C ′NiO(R2) R2 = a0k2/P 1.21nX (1 − XNiO ) (−ln(1 − XNiO ) )1−1/nCCOC ′NiO(R3) R3 = a0k5/P 1.01n (1 − XNiO ) (−ln(1 − XNiO ) )1−1/nCCH4C ′NiO
(R4) R4 =

a0
P

k4
P 2.5H2

(
PCH4PH2O −

P 3H2PCO
K4

)
C ′Ni

/(
1 + KCO,4PCO + KH2,4PH2 + KCH4,4PCH4 +

KH2O,4PH2O
PH2

)2
(R5) R5 =

a0
P

k5
PH2

(
PCOPH2O − PH2PCO2

K5

)
C ′Ni

/ (
1 + KCO,5PCO + KH2,5PH2 + KCH4,5PCH4 +

KH2O,5PH2O
PH2

)2
(R6) R6 =

a0
P k6KCH4,6

(
PCH4PCO2 −

P 2COP 2H2
K6

)
C ′Ni

/ (
1 + KCH4,6PCH4

)
(R7) R7 = a0k7KCH4,7

(
PCH4 −

P 2H2
K7

)
C ′Ni

/ (
1 +

P
3/2H2

KH2,7
+ KCH4,7PCH4

)
(R8) R8 = a0

k8
KH2O,8

(
PH2OPH2 −

PCOP 2H2
K8

)
CCC ′Ni

/ (
PH2 + KCH4,8PCH4PH2 +

PH2O
KH2O,8 +

P 2.5H2
KH2,8

)2
(R9) R9 = a0

k9
KCO,9KCO2,9

(
PCO2PCO −

P 3CO
K9

)
CCC ′Ni

/ (
PCO + KCO,9P 2CO + PCO2

KCO,9KCO2,9
)2

(R10) R10 = a0k10/P 1.02 (1 − XNi )2/3 (1 − XNi )CO2C ′Ni(R11) R11 = a0k11/P (1 − XC )PO2C ′C(R12) R12 = a0k12/P (1 − XC )PO2C ′C
(R13) R13 = a0k13CO2CCOC ′Ni

/
(1 + KCO,13CCO )2

(R14) R14 = k14PCH4P 0.5O2

/ (
1 + KCH4,14PCH4 + KO2,14P 0.5O2

)2

TABLE 5 Pre-exponential factor (A) and activation energy (E a) of the kinetic rate constant for reaction n

Index An E an [kJ/mol] Index An E an [kJ/mol]
(R1) 7.70E-02 [ bar1.16ms ] 27 (R8) 7.10E-01 [ molm2s ] 132
(R2) 4.22E-04 [ bar0.81ms ] 37 (R9) 1.47E+13 [ molm2s ] 365
(R3) 2.32E-04 [ bar1.01ms ] 39 (R10) 1.38E-03 [ bar1.2ms ] 22
(R4) 1.01E+05 [mol·bar1.5m2s ] 168 (R11) 2.06E+02 [ms ] 99
(R5) 7.25E+01 [ molm2s ] 102 (R12) 4.88E+03 [ms ] 127
(R6) 9.21E-01 [ molm2s ] 124 (R13) 5.80E+09 [ bar·m6

mol·kg·s ] 120
(R7) 7.00E-01 [ molm2s ] 59 (R14) 3.287E+02 [ molkg·s·bar1.5 ] 30.8

Kinetic rate constant expression of reaction n

For (R1) to (R3): kn = An exp( E anR
(
1
Tc

− 1
Tref

)
) , and for (R4) to (R14): kn = An exp( E anRTc

),
whereTc is the temperature of the bed in [K] andTref = 973K
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3 | DYNAMIC SIMULATION OF THE BASELINE DESIGN184

In this section, we study the performance of the reactor with a baseline design. The baseline reactor is designed for185

the flare composition and flow rate presented in the Tables 1 and 2. In the baseline design, the diameter and the length186

of the reactor were selected by considering the volumetric flow rate of the flared gas, to yield sufficient residence187

time for the reactions, and the pressure drop inside the reactor. Ambient air is selected as the feed added during the188

oxidation stage. It is assumed that the Ni-based oxygen carrier is initially in its oxide form (NiO). The summary of the189

baseline design parameters is shown in Table 7. With this baseline design, the reactor performance is evaluated at190

two different conditions: (1) when it acts as a simple reducer (without the oxidation stage), and (2) when it performs191

repeated alternative redox cycles until cyclic steady-state. The dynamic simulation of the baseline design is started192

from the reduction stage. The dynamic simulation results of the baseline design acting as a simple reducer and that193

of 24 minutes of the redox cyclic steady state (which includes two redox cycles) are presented in Figures 2 and 3,194

respectively.195

Figure 2(a) shows the methane conversion inside the reactor after 6.7 hours. The total methane conversion in196

the reducer is near 100 %, which is confirmed in Figure 2(b). Despite the reactor being able to convert about 97 %197

of methane, it is interesting to note that H2 and CO are detected at the reactor exit, which indicates the dominance198

of catalytic reactions. The catalytic reactions in the reactor are caused by the Ni saturation in the bed (Figure 2(d))199

owing to extensive reduction of the OC. In Figure 2(c), it is observed that the temperature of the reactor bed drops200

from 650 °C at the inlet to 600 °C at the outlet due to the endothermic nature of the reduction and reforming. Ni201

saturation and temperature drop in this reducer showcase the significance of the oxidation stage in the proposed202

reactor to regenerate the oxygen carrier and to provide the heat for the overall process.203

Figure 3(a) shows that at cyclic steady-state, methane is completely converted during the oxidation stage, while204

about 93 % of methane is converted at the reduction stage. This is emphasized by Figure 3(b) as no methane is205

detected at the reactor exit during the oxidation stage. The higher methane conversion in the oxidation stage was206

due to the rapid combustion reaction between methane and oxygen and that between methane and the oxidized OC.207

Syngas (H2 and CO) was undetected at the exit implying that there was always sufficient oxygen in the reactor for208
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TABLE 7 Reactor configuration and operating condition of the baseline design
Reactor parameters Value

Reactor Diameter (m) 10
Length-to-Diameter Ratio, L/D 0.25
Volumetric flowrate of flared gas (m3/s) 40
Temperature of flared gas (◦C) 650
Flared gas composition (% mole)
CH4 1.2
H2O 65.6
CO 0.2
CO2 32.7
Air-to-Flared gas ratio 0.6
Temperature of air (◦C ) 25
Air composition (% mole) 80 N2; 20 O2
OC percentage (%) 5
Reduction; Oxidation time (s) 375 ; 225
Time Horizon (h) 3.3

their oxidation. This is confirmed by the excess oxygen leaving the reactor (Figure 3(b)) and the domination of NiO209

in the reactor bed (Figure 3(d)). The exit gas temperature was around 750 °C, higher than that in the reducer reactor210

(Figure 2(c)) and was relatively constant despite the alternate switching of redox processes. This was due to the heat211

front that is generated during the oxidation stage being pushed to the end of the reactor and distributed evenly in the212

bed (Figure 3(c)).213

4 | SENSITIVITY ANALYSIS214

Before optimizing the reactor design, we performed sensitivity analysis to identify variables of significance to the re-215

actor performance. For this sensitivity analysis, 4 reactor performance metrics were evaluated: methane conversion,216

bed temperature, bed NiO conversion, and the ratio of CO2 production-to-CH4 feed. These performance metrics217
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F IGURE 2 Reactor performance of the baseline design (Table 7) as a reducer: (a) methane conversion inside the
reactor at the end of 6.7 hours; (b) species mole fraction and temperature at the reactor exit - H2O and CO2 plot arenot visible in this plot due to their large quantity at the exit stream; (c) temperature contour plot of the reactor bed;
and (d) NiO conversion contour plot of the reactor bed - conversion of 0 refers to NiO and conversion of 1 refers to
Ni.

were evaluated with respect to 5 independent variables of the reactor: NiO loading, Reactor Length, Feed Air Tem-218

perature, Ratio of Air-to-Flared Gas, and Ratio of Oxidation-to-Reduction Step Time. For each sensitivity analysis, an219

independent variable is varied while keeping other variables at the baseline design values (Table 7). The results of the220

sensitivity analysis are presented in Figure 4 for the methane conversion, Figure 5 for the bed temperature, Figure 6221

for NiO conversion, and Figure 7 for the ratio of CO2 production-to-CH4 feed.222

Figure 4 shows that methane conversion is more sensitive to the NiO loading and reactor length than the other223

three variables. Figure 4(a) shows that methane conversion is proportional to the amount of NiO inside the bed, as224

NiO and Ni promote gas-solid and catalytic reactions. The reactor length has similar effect on methane conversion, as225
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F IGURE 3 Reactor performance of the baseline design (Table 7) at the cyclic steady state condition: (a) methane
conversion inside the reactor at the end of reduction and oxidation stage; (b) species mole fraction and temperature
at the reactor exit - N2, H2O, and CO2 are not visible in this plot due to their large quantity at the exit stream; (c)
temperature contour plot of the reactor bed; and (d) NiO conversion contour plot of the reactor bed - conversion of
0 refers to NiO and conversion of 1 refers to Ni.

it practically increases the amount of NiO and Ni available in the reactor and the residence time of the stream. Figure226

4(c) shows that methane conversion is relatively insensitive towards the change of the feed air temperature. Generally,227

high-temperature feed air increases the overall bed temperature which enhances the rate of the gas-solid and catalytic228

reactions. The ratio of air-to-flared gas (AF R ) and the ratio of the oxidation-to-reduction period (α ), shown in Figures229

4(d) and 4(e), respectively, represent the intensity and the duration of the oxidation stage. Both figures indicate that230

methane conversion decreases as more ambient air is injected into the reactor. Excessive ambient air and extensive231

oxidation stages cool down the reactor, Figure 5(d), which eventually lowers methane conversion. On the other hand,232

with less air injected into the reactor or a swift oxidation stage, less heat is generated in the reactor which is insufficient233
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F IGURE 4 Sensitivity analysis of methane conversion with respect to (a) Ni loading; (b) reactor length; (c) feed air
temperature; (d) ratio of air to flared gas (AF R ); (e) ratio of oxidation to reduction stage (α )

to maintain the bed at its reactive temperature. Figures 4(d) and 4(e), however, show that more methane is converted234

at the lower AF R and α . Ni catalytic reactions dominate during the reduction stage, as there was limited oxygen235

available to regenerate the oxygen carrier. Thus, the reactor operates, as the reducer of Figure 2, releasing H2 and236

CO.237

Figure 5 shows that all of the selected independent variables have significant effect on the mean bed temperature238

of the reactor. In Figure 5(a), the mean bed temperature of the reactor resembles the trends of methane conversion,239

as NiO enhances the oxidation reactions that generate more heat. As for the reactor length, shown in Figure 5(b), the240

highest mean bed temperature is achieved at around 2.5 - 3.0 m, close to the baseline design. Longer reactors do241

not heat up, while shorter reactors accomplish limited oxidation reactions. In Figure 5(c), we can see that the mean242

bed temperature is strongly associated with the feed air temperature, as prescribed by the overall reactor energy243

balance. Figures 5(d) and 5(e) demonstrate that the effects of feed air and the oxidation stage duration on the mean244
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F IGURE 5 Sensitivity analysis of mean bed temperature with respect to (a) Ni loading; (b) reactor length; (c) feed
air temperature; (d) ratio of air to flared gas (AF R ); (e) ratio of oxidation to reduction stage (α )

bed temperature are substantial and show an optimal value within 0.2 - 0.4 range of these two variables. As discussed245

in the previous paragraph, both feed air and oxidation period are critical to maintaining the reactor temperature during246

the redox process. Less feed air or short oxidation times generate less heat during the oxidation stage, which lowers247

the mean bed temperature. On the other hand, excess of air fed or extended oxidation times cool down the reactor.248

Figure 6 shows that the mean bed NiO conversion is impacted by all independent variables, except for the feed249

air temperature. In Figures 6(a) and (b), the effect of NiO loading and reactor length are inversely proportional to the250

overall NiO conversion, as expected. Figure 6(c) shows that the overall NiO conversion is insensitive to the overall the251

feed air temperature. The higher mean bed temperature due to higher feed air temperature (Figure 5(c)) only increases252

the reaction front in the reactor but still results in the same overall NiO conversion. Figure S2 in Supplementary253

Information confirms that with higher feed air temperature, higher NiO conversion occurs near the reactor entrance254

while lower NiO conversion occurs at the middle and exit of the reactor, which results in a relatively similar overall255
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F IGURE 6 Sensitivity analysis of NiO conversion with respect to (a) Ni loading; (b) reactor length; (c) feed air
temperature; (d) ratio of air to flared gas (AF R ); (e) ratio of oxidation to reduction stage (α )

NiO conversion to that with lower feed air temperature. In Figures 6(d) and 6(e), the overall NiO conversion is shown256

to be inversely proportional to the feed air and oxidation period. As mentioned in the sensitivity analysis of methane257

conversion (Figures 4(d) and (e)), less feed air or swift oxidation stage result inmoreNi in the reactor bed (increasedNiO258

conversion), while more feed air or prolonged oxidation stage result in more NiO in the bed (lower NiO conversion).259

Figure 7 shows the sensitivity analysis of methane converted to CO2. Figure 7(a)-(c) shows the same pattern as260

Figure 4(a)-(c), demonstrating that methane was converted to CO2 at most scenarios studied. As discussed previously,261

more oxygen carrier and higher bed temperature enhance the conversion of methane to CO2. Figure 7(d) shows a262

different pattern than Figure 4(d) at the lowerAF R . At this condition, the reactor bed is saturated with Ni and catalytic263

reactions become dominant cracking methane to syngas, suppressing the production of CO2. Figure 7(e) also shows264

a different pattern than Figure 4(e) at the longer oxidation stage. As the oxidation period is extended, more carbon265

from the incoming methane stream is oxidized to higher CO2 yield at the exit.266
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F IGURE 7 Sensitivity analysis of ratio of CO2 production to the CH4 input with respect to (a) Ni loading; (b)
reactor length; (c) feed air temperature; (d) ratio of air to flared gas (AF R ); (e) ratio of oxidation to reduction stage (α )

In summary, the variables chosen for the sensitivity analysis influence the reactor performancemetrics differently.267

NiO loading and reactor length have relatively similar patterns for all reactor performance metrics as both represent268

the density of oxygen carrier in the bed. The presence of oxygen carrier proportionally affects all of the reactor269

performance metrics. Higher feed air temperature improves almost all reactor performance metrics, except for the270

oxygen carrier conversion. Both the AF R and oxidation period show non-monotonic effects on reactor performance271

metrics, and must be tuned. For these reasons, we select 4 independent variables: NiO loading; Feed Air Temperature;272

Ratio of Feed Air-to-Flared Gas; Ratio of Oxidation-to-Reduction Step, as the design variables for reactor optimization.273
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5 | OPTIMIZATION274

5.1 | Optimization Formulation275

For reactor design optimization, other than the design variables discussed in the sensitivity analysis, we added the276

reduction time interval as a design variable since it controls the extent ofmethane conversion and the balance between277

reduction, reforming, and carbon formation reactions17;18. The summary of the design variables used for reactor278

optimization are presented in Table 8.279

TABLE 8 Design variables of the proposed reactor for the optimization problem
Design variables Notations

Air-to-flared gas ratio AFR

Feed air temperature Tair
Reduction time interval δRED
Ratio of oxidation-to-reduction interval α

Metal oxide content in oxygen carrier ω

Since the feed air is only available during the oxidation stage, we defined piecewise constant functions, u, for AF R280

andTair in the optimization formulation as follows:281

u = [AF R ,Tair ] . (20)

As for the other design variables, the reduction interval, δRED, and the oxidation interval, represented by α , are con-282

sidered as control variables, while the metal oxide content in oxygen carrier, ω, is a time-invariant design variable. The283

set of control and design variables are summarized in the design vector, ϕ, shown in Eq. (21):284
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ϕ = [u, δRED, α ,ω ] ∈ Φ. (21)

During optimization, the design vector, ϕ, is manipulated to maximize the objective function. The objective285

function for this study is the time-integral of the ratio of the exit molar flow rate of CO2 over methane feed flowrate,286

γ, as shown in Eq. (22):287

γ =

∫ tf

t0

Fout,CO2
Fin,CH4

d t . (22)

The optimization is constrained by other reasonable performance metrics. First, the reactor should be able to288

convert at least 98 % of the methane to comply with the EPA recommendation52. Also, the mean temperature of the289

reactor bed is expected to be above 700 °C to ensure the reactivity of the oxygen carrier53. However, the maximum290

temperature at any point in the reactor has to be below 1100 °C to avoid sintering of the oxygen carrier53. The291

feed air temperature is constrained between 100 °C and 427 °C to ensure feasibility of preheating the air. Lastly, the292

ratio between pressure drop and inlet pressure must be below 15% to avoid additional compressing43. The complete293

formulation of the discussed optimization problem is shown in Eq. (23):294
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max
φ∈Φ

γ

subject to:
f( ¤x(t ), x(t ), u(t ),θ, t ) = 0,

f0 ( ¤x(t0 ), x(t0 ), u(t0 ),θ, t0 ) = 0,

T (t i , z ) − 1100◦C ≤ 0, [ t ∈ [t0, tf ],

700◦C − 1

L
·
∫ z=L

z=0
T (t i , z )dz ≤ 0, [ t ∈ [t0, tf ],

100◦C − Tair ≤ 0,

Tair − 427◦C ≤ 0,

∆P (t )/P (t , z = 0) − 15% ≤ 0, [ t ∈ [t0, tf ],

xmin ≤ x(t ) ≤ xmax,

umin ≤ u ≤ umax,

δminRED ≤ δRED ≤ δmaxRED,

αmin ≤ α ≤ αmax,

ωmin ≤ ω ≤ ωmax .

(23)

In Eq. (23), f is the set of differential-algebraic equations (DAEs) representing the reactor model discussed in the295

Subsection 2.2; x is the vector of state variables (i.e., mass, temperature, and pressure); andθ is the system parameters,296

including kinetic constants, describing the reactivity of oxygen carrier. The mathematical model was developed and297

solved in the commercial software gPROMS54. The set of DAEs was solved with the non-linear solver DASOLV55.298

The non-linear optimization was solved with control vector parameterization with single shooting (CVP_SS algorithm).299

With control vector parameterization, the control variables were discretized as piecewise constant over a specified300
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time interval, while with the single shooting approach, the control variables are fixed during the entire time horizon301

in each iteration.302

5.2 | Optimization Result303

The optimization problem stated in Eq. (23) was solved and yielded the result presented in Table 9. In the optimal304

conditions, the oxygen carrier loading and feed air temperature are higher than the baseline design as both are propor-305

tional to the methane conversion to CO2 as discussed in the sensitivity analysis. Meanwhile, the value of reduction306

time, AF R , and α , were tuned to maximize methane conversion to CO2. The reactor performance at cyclic steady307

state with the optimal operating conditions is presented in Figure 8.308

TABLE 9 Optimized design varibles of the reactor solved from Eq. (23)
Decision variables Optimized Value Lower bound Upper bound
Air-to-flared gas ratio, AF R 0.9746 0.4 1
Temperature of feed air,Tair (°C) 426.85 100 426.85
Reduction time, δRED (s) 322.331 200 1000
Ratio of Oxidation-to-Reduction time, α 0.5544 0.4 1
NiO loading, ω (%) 17.674 10 40

Figure 8(a) shows that near-complete methane conversion (> 99%) is achieved during both reduction and oxida-309

tion. More than 95 % of methane is converted at the first half of the reactor, faster than that of the baseline design,310

Figure 3(a). Near-complete methane conversion is confirmed in Figure 8(b), as no methane is detected at the reactor311

exit either during reduction or oxidation. Methane conversion to CO2 is also verified as syngas is not detected at312

the reactor exit. This high methane conversion is mainly due to the higher NiO loading in the reactor which increase313

the extent of CO2 producing reactions. Furthermore, the higher NiO concentration in the bed promote the oxidation314

reactions which generate more heat and increase the overall bed temperature. Figure 8(c) shows that the bed has a315

uniform temperature close to 780 °C from 30 % of reactor length to the reactor exit, higher than that of the baseline316

design, Figure 3(c). The main temperature gradient occurs at the first 30 % of reactor length, where the main reaction317

front takes place. Figure 8(d) shows that only a small fraction of NiO is converted to Ni during reduction. However,318
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F IGURE 8 Reactor performance of optimized optimal reactor design and control (Table 9) at cyclic steady state:
(a) methane conversion inside the reactor at the last cycle of the process; (b) the species mole fraction and
temperature at the reactor exit. N2, H2O, and CO2 are invisible in this plot due to their large fraction at the exit
stream; (c) temperature contour plot of the reactor bed; and (d) NiO conversion contour of reactor bed - conversion
of 0 refers to NiO and conversion of 1 refers to Ni.

the coupling of the exothermic Ni oxidation reactions with those of reduction, help preserve the methane oxidation319

reactions to CO2, which were infeasible without the redox cycling of the OC. The bed serves as a heat sink, where320

reactions that are exothermic increase the temperature sufficiently for the near-complete conversion of methane.321
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6 | CONCLUSIONS322

In this study, we explored the use of an intensified reactor based on the chemical-looping concept to convert lean323

methane emissions to carbon dioxide. The performance of a baseline design showed that the reactor requires an324

alternating redox process to intensify the reactor and to manage the heat and reaction front. A sensitivity analysis of325

the reactor concluded that the oxygen carrier loading, the feed air temperature, air-to-flared gas ratio, and the intervals326

of reduction and oxidation stages are crucial factors for the control of the reactor performance. These factors were327

used as design and control variables to solve a dynamic optimization problem that maximizes leanmethane conversion328

to carbon dioxide. At the optimal design, complete methane conversion to CO2 was achieved by the reactor at cyclic329

steady state. With an optimal heat management and cycling strategy, the reactor could maintain heat and reaction330

fronts that are self-sustained and alternate for the complete conversion of methane. The main reaction occurs at the331

first one-third of the reactor creating a dynamic cycling between reduction-oxidation states of the OC. The challenge332

of this design is the requirement of a wide reactor diameter to provide sufficient residence time for the feed gas, which333

might not always be feasible. This issue can be addressed by utilizing several identical reactors with smaller diameter334

in parallel.335
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Notations336

Greek letters337

α ratio of the oxidation-to-reduction interval338

Φ design space339

ϕ design vector340

θ vector of system parameters341

δRED reduction time interval [s]342

ϵb bed porosity343

ϵc particle porosity344

γ ratio of time-integral of the exit molar flow rate of CO2 to time-integral of methane feed345

λax axial heat dispersion coefficient [W/(mK)]346

λc thermal conductivity of solid phase [W/(mK)]347

µ dynamic viscocity of the gas mixture [Ns/m2 ]348

ω metal oxide content in oxygen carrier349

ρ density of the gas mixture [kg/m3]350

ρc density of the oxygen carrier [kg/m3]351

ρc,s density of the solid part of oxygen carrier, ρc,s = ρc/(1 − ϵc ) , [kg/m3]352

τ particle tortuosity353

General symbols354

∆Hn heat of reaction n [J/mol]355

∆P pressure drop between outlet and inlet of the reactor [bar]356

f set of differential algebraic equations357

u piecewise constant function used in optimization358

u vector of time-varying control variable359

x vector of state variables: mass, temperature, and pressure360
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a0 initial specific surface area of the oxygen carrier [m2/kgOC]361

An pre-exponential factor of reaction n362

av external particle surface area per unit volume [m−1]363

AF R air-to-flared gas ratio364

C ′NiO initial concentration of NiO per oxygen carrier weight [kgNiO/kg OC]365

Ci concentration of gas species i in fluid phase [mol/m3]366

CT total gas concentration in fluid phase [mol/m3]367

CNiO NiO concentration per oxygen carrier weight [kgNiO/kg OC]368

CNi Ni concentration per oxygen carrier weight [kgNiO/kg OC]369

Cc,i concentration of gas species i in the solid phase [mol/m3]370

Ci ,in inlet concentration of the gas species i [mol/m3]371

Cp,air heat capacity of the inlet air [J/(molK)]372

Cp,flare heat capacity of the inlet flared gas [J/(molK)]373

Cp,c heat capacity of the solid [J/(molK)]374

Cp,f c heat capacity of the gas mixture in the solid phase [J/(molK)]375

Cp,f heat capacity of the gas mixture in the fluid phase [J/(molK)]376

Cp,i heat capacity of the gas species i [J/(molK)]377

CT,c total gas concentration in solid phase [mol/m3]378

D diameter of reactor [m]379

dc diameter of the oxygen carrier particle [m]380

Dax,i axial dispersion coefficient of species i [m2/s]381

D e
i j

effective binary molecular diffusivity of gas species i in the gas species j [cm2/s]382

D e
iK

effective Knudsen diffusifity of species i [m2/s]383

E an energy activation of reaction n384

Fi molar flow rate of the species i [mol/s]385

FT total molar gas flow [mol/s]386
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Fair molar flowrate of the inlet air [mol/s]387

Fflare molar flow rate of the inlet flared gas [mol/s]388

Fin,i Inlet molar flowrate of species i [mol/s]389

Fout,i Exit molar flowrate of species i [mol/s]390

hf heat transfer coefficient between bulk fluid and oxygen carrier particles [W/(m2K)]391

i , j gas phase species (CH4, H2, H2O, CO, CO2, Ar, N2, O2)392

Ji flux of gas species i [mol/(m2s) ]393

Kn equilibrium constant for reaction n394

kn rate constant of reaction n395

kc,i mass transfer coefficient between the bulk fluid and oxygen carrier particles [m/s]396

Ki ,n adsorption coefficient of gas species i for reaction n397

L length of the reactor [m]398

N total gas species existed in the particle399

n chemical reactions400

P total pressure [bar]401

Pi partial pressure of species i [bar]402

Q0 inlet volumetric flowrate into the reactor[m3/s]403

r radial element of the particle404

rc radius of the solid particle [m]405

R i rate of production or consumption of species i [mol/(m3s)]406

Rn rate of reaction n [mol/(m3s)]407

Rec Reynolds number of the particle408

T bulk fluid temperature [K]409

t time [s], [h]410

Tc temperature of the solid phase [K]411

T0 inlet temperature of the bulk fluid [K]412
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Tair temperature of the inlet air [K]413

Tflare temperature of the inlet flared gas [K]414

Tin inlet temperature of the bulk fluid [K]415

Tref reference temperature for kinetic rate constant expression [K]416

Tm,0 mixture temperature between inlet flared gas and air [K]417

u velocity of the bulk fluid [m/s]418

u0 superficial velocity at the inlet [m/s]419

V volumetric element420

VR volume of the reactor [m3]421

X conversion of oxygen carrier from NiO to Ni422

XCH4 methane conversion423

XNiO conversion of oxygen carrier from Ni to NiO424

yi mole fraction of gas species i425

z axial element of the reactor426
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